This paper explores the feasibility of controlling the selectivity of a partial oxidation reaction by simultaneous modulation of local oxygen concentration and coolant temperature along the length of a reactor. The microstructured membrane reactor (MMR) concept consists of an oxygenpermeable membrane for distributing the oxygen feed with the coolant channel divided into zones of different temperatures. The reactor concept was explored in simulation of the selective oxidation of o-xylene to phthalic anhydride (PA). A mathematical model of the reactor was developed and optimization performed with the objective of maximising PA selectivity at the reactor outlet.
Introduction
One of the key challenges in many catalytic selective oxidations is poor selectivity of the desired product [1] . Over-oxidation of the desired product as well as total oxidation of the hydrocarbon substrate account for the loss in selectivity, and in most oxidation processes about 10-30% of feed is lost as carbon oxides. For large scale oxidation processes, there is a significant incentive to optimise selectivity, since even a small increase in selectivity can bring significant economic benefits through annual savings in raw material cost as well as the cost of downstream separation and purification of products [2] . Cost savings are hugely important to a petrochemical plant, considering that around 75% of the total production costs are typically allocated to feedstock [3] .
The attendant reduction in CO x formation and carbon emissions due to improved selectivity can also make many large-scale commercial oxidation processes more environmentally friendly [4] .
In selective oxidations, there is usually a trade-off between product selectivity and conversion of the hydrocarbon; the conditions under which high selectivity can be attained typically correspond to regions of low conversion [5] . Thus, in attempting to improve process selectivity, there is the risk of unavoidable loss of conversion and, consequently, of product yield.
A number of strategies can lead to enhanced selectivity of catalytic oxidation reactions. The most significant is the development of new catalysts that are more selective for the desired product.
However, catalysts on their own rarely determine the overall efficiency of a process, and there are many oxidation reactions for which the desirable catalysts that are highly selective for the target product are still elusive [6] . Furthermore, the selectivity of a catalyst is intimately linked to its activity, productivity and stability, and often a new catalyst which gives a boost in selectivity may suffer from loss of activity and lower lifetime compared to conventional catalysts, thus requiring more frequent regeneration [7] . Thus, further strategies to improve selectivity are developed around engineering of the reaction environment, directed by detailed mechanistic understanding of the reaction pathways.
There is a potential to improve selectivity of oxidation reactions substituting molecular oxygen with lattice oxygen, in the process known as redox decoupling or "chemical looping" [8] . In this case the selective oxidation of a hydrocarbon substrate is done by lattice oxygen of a metal oxide catalyst, an oxygen carrier, in one reactor while the reduced solid is re-oxidised by contact with air in a separate reactor. The re-oxidised solid is subsequently cycled back to the oxidation reactor, thus the substrate and air are never in direct contact, minimising non-selective homogenous combustion reactions. This strategy has been implemented for example to improve propene selectivity in the oxidative dehydrogenation of propane over V 2 O 5 -SiO 2 catalyst [9] . The cyclic approach requires development of a new type of a solid catalyst which has a high oxygen-carrying capacity per unit weight. In addition, the solid must have excellent stability and high resistant to attrition in multi-cycle operations.
The use of alternative oxidants such as H 2 O 2 , N 2 O and alkylhydroperoxides as substitutes for molecular oxygen have also been investigated for enhancing selectivity in certain reactions, such as the epoxidation of olefins [10] and oxidative dehydrogenation of alkanes to olefins [11] .
However, the use of these alternative oxygen sources may be economically unfavourable due to their high cost of production as well as storage and handling issues. Hence, in most commodity chemical processes, oxygen or air is still the preferred oxidant.
Another strategy may involve the use of protective groups that effectively remove the desired products from the reaction medium, thus preventing its over-oxidation. The concept of a protective agent has, for example, been applied in the boron-modified liquid-phase oxidation of alkanes and cycloalkanes into alcohols. In this case a boron compound is used as an esterifying agent to trap the alcohol by forming a borate ester, which is more stable to further oxidation, thus resulting in an improved alcohol selectivity [12, 13] . Another example is the direct oxidation of methane to methanol in concentrated sulphuric acid using SO 3 as the oxidant and a Pt(II) complex as catalyst [14, 15] . Methane is converted to methyl bisulphate ester from which methanol is obtained as the final product. In both cases, the desired alcohols are recovered by hydrolyzing the esters with water, with up to 80% final product selectivity.
The development of alternative process chemistry and innovative synthesis routes may also be a successful approach to improve selectivity of certain oxidation reactions. This may involve the use of alternative feedstock that requires fewer number of mechanistic steps and allows oxidation under mild conditions, thus producing less by-products than classical routes [16] . A good example where a change of synthesis route has turned out to be more selective is the production of methyl methacrylate (MMA). Conventional process uses C 4 feedstocks such as isobutylene or t-butanol and involves three steps: two high temperature gas-phase catalytic oxidations to methacrolein and methacrylic acid, respectively, followed by esterification of the acid with methanol into MMA [17] . In contrast, a new process developed by Asahi Chemical involves only two steps: isobutylene is first oxidised into methacrolein, followed by direct liquid-phase oxidative esterification into MMA at low temperature with no intermediate formation of methacrylic acid. The new process has better selectivity to MMA, however, it also required the development of new catalysts [18] .
Complementary to developing more selective catalysts and process chemistry is the reactor engineering approach, using the already available reaction routes and catalysts [19, 20] . Many gasphase selective oxidations are strongly exothermic and are, typically, carried out in multi-tubular packed bed reactors with external cooling. The efficiency of heat removal is the main challenge for these reactors. Limitations in radial heat transfer frequently leads to the development of hot spots in the catalyst bed, resulting in a decrease in selectivity. There has been a considerable effort in development of innovative reactor concepts that allow a more efficient heat transfer in fast exothermic reactions, typically following the idea of a reduction in thermal resistance by minimising the length-scale for heat transfer [21] . The small channel dimensions (typically 1-4 mm) result in a high surface-to-volume ratio and minimise transport limitations, leading to much improved heat and mass transfer compared to conventional macro scale reactors [22] . This makes meso-scale, or compact, reactors particularly suitable for fast exothermic chemical reactions that require efficient thermal management. Micro-and meso-scale reactors with efficient heat transfer were studied extensively in exothermic oxidation reactions, for example in epoxidation of propene [23] , n-butane oxidation to maleic anhydride [24] , oxidation of alcohols [25] , and many others.
Apart from temperature management, the control of oxygen concentration in an oxidation reactor can also be crucial for controlling the selectivity. In this respect, membrane reactors have been investigated for providing a means of achieving controlled oxygen dosing, for example in selective oxidations and oxidative dehydrogenation of alkanes [26] . The distributed feeding of oxygen along the reactor length ensures that the local concentration in contact with the hydrocarbon at any point in the reactor is lower than in the co-feed mode, thus minimising by-product formation [27, 28] .
Integrating the benefits of a compact reactor with membrane dosing presents a new opportunity for intensification of oxidation reactions as was investigated by Bortolotto and Dittmeyer [29] for the hydroxylation of benzene to phenol. As manufacturing technology develops and opens new possibilities to develop complex multi-dimensional non-uniform device architectures, it is worth re-visiting the approaches to reactor design and to explore new design freedoms for the purpose of attaining better reaction performance, compared to what had been feasible using conventional reactor technologies.
In the present paper, a concept microstructured reactor with spatial distribution of the oxygen feed and coolant temperature is investigated by means of process modelling and optimization. The objective is to maximise selectivity without detrimental effect on the product yield. The reactor concept is optimized to determine the configuration and operating conditions leading to best performance in terms of selectivity and yield. As a case study the highly exothermic selective oxidation of o-xylene to phthalic anhydride on vanadium-titanium catalyst, one of the most important synthesis reactions in the petrochemical industry, is selected to simulate the proposed reactor concept.
Model development

Description of the microstructured membrane reactor (MMR) concept
A schematic illustration of the reactor concept is shown in Figure 1 . The reactor consists of ℵ connected micro packed beds, each having its own heat exchange unit. To achieve this the reactor could be produced from a tubular dense membrane, for example a ceramic perovskite such as Ba 0.5 Sr 0.5 Co 0.8 Fe 0.2 O 3-δ (BSCF), characterised by high oxygen permeation flux and good thermal and mechanical stability [30] . In this study we use such a membrane as an example of the possible implementation. The membrane is placed inside a tube that forms the reactor wall. The annulus 7 between the membrane and the reactor shell is packed with catalyst particles, and surrounding the reactor wall is the coolant channel. The coolant channel is divided into several zones, with independent temperatures along the length of the reactor. The hydrocarbon and an inert gas are fed to the annular packed bed, while oxygen is fed to the membrane side; oxygen permeates into the packed bed and the rate of oxygen transfer may be controlled by structuring the membrane along the length of the reactor. 
2.2.
Reactor modelling Figure 2 shows a cross-section of the reactor with the relevant dimensions indicated. A onedimensional pseudo-homogeneous model of the reactor is developed based on the following assumptions:
• Ideal gas behaviour.
• Uniform and fully developed laminar velocity profile with negligible pressure drop.
• Thin active catalyst layer (100 µm), hence internal heat and mass transfer resistances are negligible and catalyst efficiency, η = 1 [31, 32] .
• Radial concentration and temperature gradients are negligible.
• No axial dispersion.
• Chemical reactions take place only in the packed channel.
Following the approach adopted by Dixon [33] , the steady-state mass balance for specie i can be written as shown in Eqs.
(1) and (2).
Reaction side: 
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Reaction side:
Distributed gas side:
The model equations represent an initial value problem with the following boundary conditions:
In the equations above, J i is the permeation flux of specie i through the membrane. The overall heat transfer coefficient between the distributed gas side and the reaction side U m and that between the reaction channel and the heat transfer medium U are estimated using the concept of thermal resistances in series, Eq. (7). 
The heat transfer coefficient from gas to inside of membrane h gm is estimated from Nusselt number correlation for fully developed laminar flow in a circular cross-section with constant wall temperature, given by Shah and London [36] , Eq. (8).
Heat transfer coefficient from bulk gas to the reactor wall, h gw , calculated from the following correlation proposed by Specchia et al. [37] , Eq. (9).
h w,0 and h w,conv are the stagnant and convective contributions, respectively, given in Eq. (10). The convective heat transfer coefficient from the reactor wall to the coolant, h wc , estimated from the following relations [38] :
where:
For comparison of performance of different reactors, we use simulations of a microstructured reactor and a conventional fixed bed reactor (FBR), both operating under co-feed mode and cooled by a molten salt. For the co-feed configurations, Eqs. (1) and (3) apply with the terms involving the permeation fluxes reducing to zero, giving the standard one-dimensional plug flow equations, Eqs. (13) - (14).
Axial distribution of oxygen feed and coolant temperature
Two different reactor arrangements are investigated in order to find the optimum means of introducing oxygen into the reactor, as shown in Figure 3 . First, a uniform oxygen distribution is considered, where the oxygen flux is constant over the reactor length, An alternative approach is non-uniform dosing, where the largest amount of oxygen is permeated near the reactor inlet, which then decreases steadily along the reactor length, ) (
shown in Figure 3 (b), similar to the concept investigated by Hüppmeier et al. [39, 40] . To realise this in practice the membrane surface may be treated to attenuate its thickness to increase the resistance to oxygen permeation along the reactor length. The axial linear oxygen dosing profile can be described by:
and c is .
The ℵ heat exchange zones surrounding the reactor provide a stage-wise temperature distribution across the length of the reactor, which can be represented by the following piecewise function:
where n = 1, 2, ..., ℵ; T w,n is temperature at nth zone, and L n = L/ℵ is the length of a zone.
Reaction case study and kinetics
The selective oxidation of o-xylene in the gas-phase over V 2 O 5 /TiO 2 catalyst was selected to simulate the proposed reactor design. The kinetics and mechanism of this reaction has been the 13 subject of extensive study [41] [42] [43] . The reaction is fast, strongly exothermic and is typically carried out in a fixed bed reactor at near atmospheric pressure, temperature range of 300-450ºC and oxylene feed concentration between 0.5 and 1.8 mol% to stay outside of the flammability limits [44] . Mechanistically, the reaction proceeds by several parallel and consecutive steps involving otolualdehyde and phthalide as the main intermediates with carbon oxides as total oxidation products and maleic anhydride (MA) as by-product. and small amount of alkali metal ions, e.g. caesium or niobium, as promoters for optimised activity and selectivity have been developed [45, 46] . These state-of-the-art catalysts allow PA selectivity of 78-82% to be achieved. However, to the best of our knowledge no relevant kinetic data based on these catalytic systems currently exist in the open literature.
For this present work, the reaction network given in Figure 4 and the kinetic model proposed by
Papageorgiou and Froment [31, 47] based on the conventional V 2 O 5 /TiO 2 catalyst was employed.
The kinetic model accounts in detail for the interaction of the reacting species with the reduced and the oxidised active sites of the catalyst, and incorporates the influence of oxygen partial pressure on the reaction rates. The rates of consumption of o-xylene and of the formation of products are given by:
where
and C is the by-products (CO, CO 2 and MA).
The rate constants and adsorption equilibrium constants are expressed by Arrhenius type equations, Eqs. (22) and (23), and the kinetic parameters are given in Table 1 . 
Numerical simulation and optimization of reactor model
The system of coupled ordinary differential equations (ODE) with the initial conditions is solved using the ODE-solver ode113, implemented in MATLAB R2016b. Variations in physical properties of the gas, such as density, specific heat, thermal conductivity, with temperature and composition along the reaction channel were taken into consideration, while physical properties of the catalyst, reactor wall, membrane, and coolant were assumed to be constant. A summary of the simulation parameters for the microstructured reactor is given in Table 2 . A conventional fixed bed reactor operating under typical industrial conditions for PA synthesis was also simulated using the data in Papageorgiou and Froment [31] . 
where Ω is a vector of control variables with ℵ+5 elements, defined as in Eq. (26), ℵ being the total number of heat exchange sections along the length of the reactor.
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The GA starts by randomly generating a number of points, which is called the initial population.
A new population is generated at each iteration by mutation, crossover and selection from the current population, based on the fitness value of each point, that is the value of the objective function in the optimization problem. The new population of candidate solutions is then used for the next iteration of the algorithm, so that over successive generations, the GA repeatedly improves a population of individual solutions, which evolves towards the optimal solution [48] . The GA algorithm was particularly suited to this problem because the derivative-free optimization method was easy to implement and could utilise the advanced MATLAB integrator. In this work, the population size at each generation and the maximum number of generations used for the GA optimization were both set to 200 in order to obtain the optimal global solution. The algorithm stops the iterative process when the stopping criteria for the optimization is met, that is when the maximum number of generations is exceeded.
Thus, the aim of the optimization was to find the best combination of the cooling jacket temperature in each section along the length of the reactor, the feed temperature, oxygen permeation flux through the membrane, concentrations of o-xylene and oxygen at the catalyst tube inlet as well as the total reactor pressure. The limits of the operating parameters in Ω in terms of the range of permissible changes for the numerical optimization are given in Table 3 . The reactor performance was evaluated in terms of conversion, selectivity and yield, defined respectively as shown in Eq. (27) .
Results and discussion
Simulation of a conventional fixed bed reactor (FBR)
As a base case for validation of the model and the numerical techniques used to solve it, a conventional FBR operating under typical industrial conditions with o-xylene and air fed at the reactor inlet was simulated using Eqs. (13) and (14) . Simulation data for the FBR were based on parameters from Papageorgiou and Froment [31] and are given in Table 4 . 
Co-feed microstructured vs fixed bed reactors
Here, a co-feed microstructured reactor (CMR), operating under similar o-xylene and oxygen feed concentrations as well as inlet and coolant temperatures as the conventional FBR was simulated. 
Microstructred membrane reactor with a constant wall temperature
In the microstructured membrane reactor (MMR) configuration, o-xylene and nitrogen premixed with a small amount of oxygen are introduced at the annular packed bed inlet, while the rest of oxygen is fed through the membrane side. In this case, the reactor is considered to have one heat exchange section with a single cooling jacket temperature. Residence time in the reactor is defined as a ratio of the volume of the annular space filled with catalyst to the total inlet volumetric flow rates, Q m + Q r , hence permitting direct comparison with the CMR. 3D surface plots in Figure 7 show the effects of wall temperature and oxygen permeation flux over the range considered in the simulation on o-xylene conversion and PA selectivity for the uniformly permeated MMR configuration presented in Figure 3 (a). It can be seen from Figure 7 that o-xylene conversion increases rapidly with temperature at a given oxygen flux, reaching full conversion at temperatures between 340 and 400ºC. In the region of lower temperatures, the oxygen permeation rate has a strong influence on o-xylene conversion. As flux increases, conversion increases up to a maximum value and then declines slightly thereafter. This is because high permeation flux strongly increases the flow rate and convective effect in the annular packed bed, thus lowering the oxygen residence time. At coolant temperatures above ~340 ºC, however, oxygen permeation flux has less impact, as high conversion is achieved at all ranges of oxygen flux considered in the simulation. PA selectivity, on the other hand, increases up to a maximum and then decreases as both coolant temperature and oxygen permeation flux increase.
From Figure 7 , it follows that a high PA selectivity can be achieved at lower temperatures and oxygen molar fluxes. This is because higher temperature and oxygen partial pressure promote oxidation of o-xylene and o-tolualdehyde into by-products, as shown in the reaction scheme in Figure 4 , thus decreasing PA selectivity. Similarly, at low oxygen partial pressures in the reactor, the degree of oxidation and activity of the catalyst are lower, so that hot spots and the associated total oxidation are reduced [50] . The optimal conversion, selectivity and yield profiles in the MMR with a constant wall temperature are plotted in Figure 8 . show that maximum PA selectivity achieved in the reactor is 76.3% at a coolant temperature of 325.1ºC and oxygen permeation flux of 0.0142 mol m -2 s -1 . Thus, PA selectivity obtained in the MMR is significantly higher than that in the co-feed reactor configurations. The temperature profile (not shown in Figure 8 ) is essentially flat owing to the reaction occurring uniformly over the entire length of the reactor. Table 3 .
One consequence of the distributed feeding approach, as evident from Figure 8 , is that o-xylene conversion is reduced to 91.9% compared to 100% achieved in the CMR and FBR, shown in Figure 6 . This observation can be explained by the enhanced heat removal capability of the concept reactor, giving a lower average temperature and, hence, a reduced conversion compared to the conventional FBR. The lower local oxygen concentration also contributes to the decrease in the hydrocarbon conversion. Furthermore, distributing the oxygen feed along the length of the MMR produces a distinctly different residence time distribution of the reactants compared to the CMR [51] [52] [53] [54] . The average contact time in the membrane reactor is thus lower than in the co-feed reactor, resulting in a reduced o-xylene conversion for identical overall feed flow rates.
The differences in residence time behaviour of the reactants in the CMR and MMR can be explained by the following analysis. For simplicity, consider a case with no chemical reactions, Eq. (1) can be re-written as
For the CMR, all the reactants are fed at the inlet with no permeation through the reactor wall, hence J i = 0, and the total molar flow rate in the catalyst bed, F i , is constant throughout the length of the reactor. Reactants, therefore, have the same residence time, given as = V r Q T .
Note that Q T and V r are the total volumetric flow rate of reactants entering the catalyst bed and volume of the annular space, respectively, for the CMR configuration. In the CMR, the residence time required to achieve full conversion of o-xylene was 4.5 s. On the other hand, for the MMR there is permeation of oxygen through the membrane into the catalyst bed, while other species are fed at the inlet. Hence, the total flow rate in the MMR can be expressed as the sum of the flow through the inlet plus that permeated through the membrane, as given by Eq. (29)
Thus, in the MMR, there is an increase in the total flow rate along the length of the reactor. The higher the permeation rate the greater the axial flow rate increase. Unlike the CMR, all the reactants in the MMR do not spend equal amount of time in the reactor volume. Oxygen molecules permeated into the annulus near the reactor inlet have considerably longer contact time with the catalyst bed compared to those permeated near the reactor exit, which do not have enough time to react. Hence oxygen molecules have a distribution of residence times in the MMR depending on the position where it permeates into the catalyst bed. According to Tonkovich et al. [53] , the residence time of the reactants fed through the catalyst bed and the average residence time of the distributed oxygen in the MMR can be expressed as shown by the expressions in Eq. (30) and Eq.
(31), respectively
where Q m and Q r are the volumetric flow rates of the streams entering the catalyst bed and membrane inlets, respectively.
In the MMR, assuming o-xylene and nitrogen are fed to the catalyst bed while all the oxygen is distributed via the membrane, the residence time of the hydrocarbon plus inert was estimated from concentration. To achieve full conversion, either a higher coolant temperature or longer residence time may be used, but these could have detrimental effect on selectivity. The lower conversionhigher selectivity effects observed in this work are in agreement with the findings of several authors on membrane or distributed dosing reactors for partial oxidation reactions [27, 33, 53, 55, 56] .
The reactor configuration with a varying oxygen permeation flux shown in Figure 3 (b) was also simulated with the same parameters as for the uniformly permeated reactor discussed above. The optimum PA selectivity was found to be 76.3% with o-xylene conversion of 92.2%, which are quite similar to the results obtained with the uniformly dosed reactor, where oxygen flux was constant across the length of the reactor. Clearly, there was no significant differences in the optimised performance of both reactor configurations, hence subsequent simulations were carried out only with the uniformly permeated MMR.
Microstructured membrane reactor with distributed wall temperatures
In order to explore the effects of discrete wall temperatures along the MMR on conversion and selectivity, the simulation was repeated with the heat exchange section divided into ℵ zones of equal length. Again, the identical reaction conditions and overall flow rates as the CMR were used in the simulations. Results of the simulation with two, three and six sections are shown in Figure   9 . There is a clear shift in reactor performance measures as the wall temperature changes from one section to another, as shown in Figure 9 (a). While there is a marginal improvement in PA selectivity in going from two to six sections, there is a marked increase in o-xylene conversion, and hence PA yield. For the case of the MMR with three coolant sections, it can be seen from temperatures are shown in Figure 11 . In all the cases considered in the simulations, it was observed that small variations in the wall temperatures along the length of the reactor produce a marked effect on the reactor performance. 
Conclusions
In this work, the principle of improving selectivity in hydrocarbon oxidation by process intensification in a novel microstructured membrane reactor concept was demonstrated by modelling and simulation. A model of the reactor concept was developed, and numerical simulation and optimization of the key operating parameters showed that by distributed feeding of oxygen and simultaneous modulation of the wall temperature along the length of the reactor, formation of the desired product can be maximised without forfeiting conversion. Thus, the concept eliminates the inherent trade-off between conversion and selectivity, which is often encountered in many hydrocarbon selective oxidations. The model was applied to the selective oxidation of o-xylene, the results of which showed that PA selectivity increased by 6.7% compared to a conventional fixed bed reactor for the similar level of conversion. Other significant advantages of the reactor configuration include the elimination of hot spots in the catalyst bed due to the enhanced heat transfer of the microstructured reactor, which in practice may translate into a longer catalyst lifetime and reduced thermal stress to reactor materials.
The features demonstrated by the proposed reactor concept can be extended to a wide variety of fast and highly exothermic selective oxidation reactions, where improvement in selectivity often comes with the need to lower conversion of the hydrocarbon feed to minimise formation of byproducts. This configuration would be particularly useful for other selective oxidations with a network of parallel and consecutive reactions, where the kinetics and dependence of the rates of desired and undesired reactions on oxygen concentration favour the distributed dosing of the oxygen feed [26, 58, 59] .
It is important to mention that although a permeation equation to describe oxygen flux in the model equations would have been preferable, most of the available theoretical relations for oxygen permeation through dense perovskite membranes in the literature have parameters that are experimentally determined, typically in the 700 to 950°C temperature range, for specific types of membrane material and compositions. Since oxygen permeation in membranes is strongly dependent on temperature, extrapolating the literature data for the simulation of a reactor operating at 300-400°C in the present study would be subject to excessive error and is, therefore, not appropriate. The best approach in this case was to include oxygen permeation flux as one of the parameters to optimize. Thus, with the optimum oxygen permeation flux calculated from numerical optimization, it possible to use this value for the design and preparation of a membrane with appropriate characteristics, including thickness, permeability and stability, to practically demonstrate this process concept.
The final conclusion of this study relates to the employed method of reactor optimization. In this study, we relaxed the usually strict conditions of heat and mass fluxes along the reactor length.
This situation is conceptually close to the idea of identifying the optimal state variables trajectory [60] , although in our case the complete reactor system was taken as a functional module. This then allowed 'free' optimization of the mass and energy fluxes that resulted in innovative reactor configurations, which, arguably, cannot be attained by traditional process optimization approaches. 
